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Mixing mechanism in a modified co-current downflow bubble column
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Abstract

Experimental measurements of longitudinal dispersion coefficients of liquid have been carried out in an ejector-induced bubble column
operating with co-current downflow of gas and liquid. The experimental data obtained show that the hydrodynamics of the bubble column
depend on nozzle diameter, liquid jet velocity and superficial liquid and gas velocities. A model with the consideration of combined action
of velocity profile and the bubble motion was developed from Taylor’s theory. The dispersion coefficient of bubble motion,Db, and the
characteristic factor of velocity distribution,k, depends on the nozzle diameter, fluid velocities, which give the corresponding model equations.
The dispersion coefficient calculated from the model shows a good agreement with the experimental data of this investigation in the ejector-
induced downflow bubble column.
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. Introduction

Bubble columns find numerous applications in the process
ndustry due to their relatively simple construction, low oper-
ting costs, excellent heat transfer characteristics to immersed
urfaces and the ease with which, the liquid residence time
an be varied. However, many important fluid dynamical
spects of the prevailing gas–liquid two-phase flows are still
oorly understood, despite their frequent use in variety of

ndustrial processes. This is mainly due to the difficulty in
nderstanding the complex flow fields in bubble columns and

he relation between the flow pattern and design parameters
uch as pressure drop, fractional gas hold-up and liquid-phase
ixing.
A lot of studies have been reported on the hydrodynam-

cs of two-phase co-current flow in bubble columns but
he majority of these studies deal with either horizontal
wo-phase flow or vertical two-phase up flow. Reports on
wo-phase vertical downflow in bubble columns are scanty.
hese studies can be categorized either under a plunging jet

or sparger-type system. In the plunging jet system, a j
liquid while plunging into a pool of the same liquid carr
along with it some ambient gas, which disperses into bub
due to momentum transfer of the jet. The liquid and gas
bles move down through the liquid pool to some distance
the gas bubbles then move up. In the sparger-type system
is allowed to pass through the sparger and the liquid flow
past the sparger shears the gas and carries it down th
umn. In the gas–liquid ejector-induced co-current down
bubble column reactor, both gas and liquid are concentri
introduced and the kinetic energy of the liquid jet is utiliz
to disperse gas into fine bubbles. Recently, this typ
reactor has earned greater attention in industrial applica
which make full use of the advantages of its finer and unif
bubble size, homogenization of the two phases, highe
persion efficiency and higher residence time of gas bub
large interfacial areas and mass transfer rates. Some
relevant work that have been published[3–5,8,14,15,17,18
are relevant to the liquid jet ejector systems.

Good knowledge of the extent of longitudinal mixing
the liquid phase is essential for the modeling, design
∗ Corresponding author. Tel.: +91 3222 281375; fax: +91 3222 282250.
E-mail address:rsmaju@yahoo.com (S.K. Majumder).

optimization of bubble column. Several studies have been
done to account the mixing characteristics by residence time
distribution techniques. Towell and Ackerman[27] studied
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Nomenclature

Ac cross-sectional area of column (m2)
An cross-sectional area of nozzle (m2)
C tracer concentration of collected sample at

time t (kg/m3)
C0 input tracer concentration (kg/m3)
C� normalized concentration (C/C0)
Db diffusion coefficient of bubble motion (m2/s)
DC diameter of the column (m)
Dm molecular diffusion coefficient in liquid phase

(m2/s)
Dn diameter of the nozzle (m)
DT diameter of tube (m)
Ez longitudinal dispersion coefficient (m2/s)
g gravitational acceleration (m/s2)
H clear liquid height (m)
H0 level of the bubbly flow (m)
k characteristic factor of velocity distribution,

dimensionless
�P pressure drop (N/m2)
Pe Peclet number, dimensionless
QL liquid flowrate (m3/s)
QG gas flowrate (m3/s)
RTD residence time distribution
R2 correlation coefficient, dimensionless
t time (s)
tm mean residence time (s)
VG interstitial gas velocity [VSG/εG] (m/s)
Vj liquid jet velocity [QL/An] (m/s)
VL interstitial liquid velocity [VSL/(1− εG)] (m/s)
VL0 interstitial liquid velocity in the centerline of

the column
VSG superficial gas velocity [QG/AC] (m/s)
VSL superficial liquid velocity [QL/Ac] (m/s)
V0 representative local velocity defined in Eq.(6)

(m/s)
X parameter defined in Eq.(15)
Z axial length (m)
Ze effective column length (m)

Greek letters
εG fractional gas hold-up, dimensionless
µL viscosity of the liquid (kg/(m s))
θ dimensionless time (t/tm), dimensionless

the axial mixing of liquid and gas in large bubble reactors
with air–water system. They reported that the axial dis-
persion coefficient vary with the column diameter and the
superficial gas velocity. Hikita and Kikukawa[11] studied
the liquid-phase mixing on upflow bubble column reactor.
They reported that not only column diameter and gas veloc-
ity effect the liquid dispersion but also the viscosity of the
liquid has strong effect on the intensity of liquid-phase dis-

persion. Deckwer et al.[7] determined the liquid dispersion
coefficient by stationary and a transient method in co-current
bubble columns (15 and 20 cm diameter, 440 and 723 cm
high) with different gas distributors. Ogawa et al.[21] studied
the liquid-phase mixing in the upward gas–liquid jet reactor
with liquid jet ejector. The longitudinal liquid-phase mix-
ing pattern was quite different between the spouting section
and the calm section. Groen et al.[9] investigated the axial
dispersion phenomena in homogeneously aerated air–water
bubble columns. They reported that axial dispersion in bubble
column is regarded as transport with a typical velocity over
a typical distance. They also proposed a model defining the
axial dispersion coefficient as the product of the typical veloc-
ities with the column diameter which agrees well with exist-
ing literature data at lower superficial gas velocity conditions.
Zahradńık and Fialov́a[30] studied the extent of axial mixing
in gas and liquid phases in tall upflow bubble column reactors
with bubbling regimes. The experimental results proved an
essential effect of gas dispersion mode (bubbling regime) on
the extent of gas and liquid-phase mixing in the reactor. They
also obtained the respective dependences of Peclet number
of both gas and liquid on the superficial gas velocity. Hebrard
et al.[10] studied axial liquid mixing in sparger-type upflow
bubble columns and in membrane and perforated plate bubble
columns. They observed that gas sparger has a strong effect
on the gas flow regime and consequently on the axial liquid
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ixing. Krishna et al.[13] developed a reliable correlation
he liquid-phase longitudinal dispersion coefficient in upfl
ubble column reactors. The measurements were perfo

n the churn-turbulent regime of operation with superfi
as velocities in the range 0.05–0.35 m/s. Ahmad[1] studied

iquid axial dispersion and gas hydrodynamics in water
pflow bubble column under slug flow conditions. In cont

o results reported by other investigators, his study sho
hat the liquid superficial velocity had significant effect
he longitudinal dispersion coefficient. Several other stu
egarding mixing in bubble column have been reporte
ifferent authors[19,22,24,25,28,29].

Recently, downflow bubble column reactor with ejec
ype of gas–liquid distributor for improved gas–liquid m
ng, have been recommended for many industrial proce
ike absorption, desorption and scrubbing, gas–liquid r
ions, aerobic fermentations, waste treatment, etc. There

precise knowledge of the hydrodynamics, mixing cha
eristics and mass transfer characteristics of the two pha
ownflow bubble column, forming a part of an ejector sys

s of considerable interest.
From the literature, it is observed that there have bee

eliable studies regarding the longitudinal mixing made
he ejector-induced downflow bubble column. The purp
f the present study is, therefore, to determine experimen

he longitudinal liquid dispersion coefficient in an ejec
nduced downflow bubble column and to develop a m
ased on the above study. The model considering the
ined action of velocity profile and bubble motion has b
eveloped from Taylor’s theory.
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2. Analysis of mixing

Most of the works concerning the study of liquid-
phase dispersion coefficients in bubble column reactor have
attempted to characterize the liquid mixing in terms of an
overall longitudinal dispersion for the whole reactor. The
longitudinal dispersion model is the simplest mathematical
description of the flow system in which both convection and
diffusion are important. From the analogy between Fick’s law
for molecular diffusion and the dispersion process, model Eq.
(1) can be written for the dispersion phenomenon with the
following basic assumptions:

(1) the liquid velocity distribution is uniform;
(2) the bulk flow exists only in the axial direction;
(3) the liquid-phase dispersion exists in axial direction only

and the longitudinal dispersion coefficient is independent
of spatial co-ordinates;

(4) axis-symmetric tracer concentration distribution exists.

∂C

∂t
= Ez

∂2C

∂Z2 − VSL

1 − εG

∂C

∂Z
(1)

where the parameterEz is the longitudinal dispersion coeffi-
cient of the liquid phase uniquely characterizing the degree of
mixing during the flow. The analytical solution of Eq.(1) for
the normalized response curves has been proposed by Ref.
[
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Fig. 1. C� vs.θ curve: experimental and predicted.

velocity 4.71× 10−3 m/s with a standard deviation 0.322.
Longitudinal dispersion coefficient was calculated as
Ez = [VSLZe/(1− εG)](1/Pe). In this present study,Ez was
considered as averaged longitudinal dispersion coefficient
over the whole column.

3. Modeling of mixing mechanism

As shown from the experimental data of the investiga-
tion, the dispersion coefficient exhibits mixing performance
depending on nozzle diameter, superficial liquid velocity and
superficial gas velocity. In this section, a model is developed
to interpret the mixing behaviour, which is based on the fluid
motion in the bubbly flow.

4. Velocity distribution model

In the condition of bubble flow, liquid flows in the vertical
direction with wide distribution of velocities over the cross-
section of the column. The mixing of liquid occurs under the
combined action of variation of velocity and the motion of
gas bubbles in the liquid. This is the basis of the velocity
distribution model, which is developed from Taylor’s model
[26].

5

us
s by a
s s
w eral
f

E

w ef-
fi ec-
16] by using the open-boundary conditions as follows:

� = 1

2
√

πθ/Pe
exp

[
− (1 − θ)2Pe

4θ

]
(2)

here 1/Pe = ((1 − εG)Ez/VSLZe) is called dispersio
umber, which measures the extent of longitudinal dispe

n the liquid phase,C� =C/C0 and θ = t/tm are the dimen
ionless concentration and time, respectively,C the trace
oncentration of collected sample at timet (s) andC0 is
he input tracer concentration. The distance ‘Ze’ between the
oints of tracer injection and the measuring plane has
onsidered as positive in the direction of flow. A metho
oments has been used to estimate the longitudinal d

ion number (1/Pe) by the following equation by taking o
verage of four repeated experiments.

2
� = σ2

t2m
= 2

Pe
+ 8

Pe2 (3)

heretm andσ were calculated, respectively, as:

m =
∑

tiC(ti)�ti∑
C(ti)�ti

(4)

2 =
∑

(ti − tm)2C(ti)�ti∑
C(ti)�ti

(5)

or Pe= 10.86 (calculated by Eqs.(3)–(5)), Fig. 1 shows
typical comparison of the experimental data with

retical Eq. (2) at nozzle diameter 0.006 m and sup
cial liquid velocity 6.87× 10−2 m/s and superficial ga
. Model equations

According to Ref.[26], the dispersion of homogeneo
ystem in tube occurred when a solute is transported
tream of non-uniform velocity. Aris[2] extended Taylor’
ork by using method of moments and obtained a gen

orm of dispersion coefficient as follows:

z = D2
TV 2

0

kDm
+ Dm (6)

hereDm andV0 represent the molecular diffusion co
cient and the maximum velocity at column axis, resp
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Fig. 2. Schematic diagram of experimental set-up.Legend—AI: air inlet; C: contactor; E: ejector; M1–M7: manometer ports; N: nozzle; P: pressure gauge; PU:
pump; R: rotameter; SE: gas–liquid separator; SV1–4: solenoid valves; SP: sampling port; T1 and T2: water tanks; TH: thermometer, TI: tracer inlet; V1–V7:
control valves.

tively, and the constantk determined the form of velocity
distribution. When the distribution is parabolic,k is equal
to 768 [2]. In this work, we have applied the Taylor and
Aris’s model of homogeneous system to the ejector-induced
downflow bubble column, because of well-homogenizing
of two-phases in the column. To apply the above model
in our system, the following assumptions have been
made:

(i) The present bubble column is regarded as homogeneous
[15].

(ii) Experimentally, it is observed that gas bubbles are dis-
persed uniformly. It follows a consequence that the dis-
persion coefficient due to bubble motion,Db is uniform
in the column and the contribution ofDb to the overall
process is much larger than that of molecular diffusion.

(iii) Steady-flow condition is established in the longitudinal
direction.

On the basis of the above assumptions, the dispersion coef-
ficient in the bubble column was directly derived by replacing
Dm in Eq.(6) with Db.

Ez = D2
cV

2
0

kDb
+ Db (7)

According to the Aris’s[2] analysis, any definite value of
local velocity can be used as the representative velocityV0
in Eq. (7). In this analysis, we have used the following form
of the representative velocity in the column:

V0 = VL0 − VLW (8)

whereVL0 is the interstitial liquid velocity in the centerline
of the column andVLW is the maximum interstitial liquid
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velocity near the column wall. Interstitial liquid velocity is
defined asVSL/(1− εG). Maximum interstitial velocity of the
liquid are considered when the column diameter is large. In
case of large column diameter, the local velocityV0 varies
due to variation of radial gas hold-up. In this present study,
as the column diameter is small and for homogeneity of two-
phases, assuming no radial change of interstitial velocity of
the liquid across the column. Therefore, it is considered that
liquid flows downward everywhere in the column and hence
the interstitial liquid velocity at the centerline (VL0) and at
the wall (VLW) are same at steady-state. Both of the velocities
are equal to the interstitial liquid velocity (VL) and it can be
expressed as:

VL0 = −VLW = VL (9)

Therefore, Eq.(8) can be expressed as:

V0 = 2VL (10)

The effect of the profile of the velocity in the column can be
modified by the coefficientk. The coefficientk is called char-
acteristic factor of velocity distribution inside the column.
Then, the dispersion coefficient is:

Ez = 4D2
cV

2
L

kDb
+ Db (11)
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downflow. The lower end of the contactor projected 0.45 m
into the separator. This arrangement enabled uniform
movement of the two-phase downflow and easy separation
of the bubbles from the main stream. The air–liquid separator
was sufficiently large (0.41 m× 0.41 m× 0.86 m, mild steel
vessel) to minimize the effect due to liquid going out of the
separator or gas–liquid separation. There are three outlets
provided at the top, bottom and center of the separator. The
bottom and center outlets of the separator allowed the liquid
to flow out while the top outlet allowed the gas to leave the
separator. By operating the valves V4–V7 shown inFig. 2, the
liquid level inside the separator was maintained. The nozzle,
the ejector assembly and the contactor were perfectly aligned
in a vertical position to obtain an axially symmetric jet and
the nozzle was fixed at the optimum position at a distance of
one throat diameter from the entry of the throat. This distance
was fixed on the basis of earlier experiments with horizontal
and vertical liquid–gas system[6]. In an actual experiment,
the jet is allowed to plunge into the liquid in the column. A
level of liquid is maintained at a particular height by adjusting
the pressure in the separator. After steady-state was reached
and when the flow is fully developed[17,18], the tracer, 20 ml
of potassium chloride solution of concentration, 40.0 kg/m3

in water was injected at a point 30 cm below the top of the
column, where the level of gas–liquid mixture crosses the
level of injection. The volume of tracers used was kept small
(
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.1. Experimental apparatus and technique

The schematic diagram of the experimental set-u
hown inFig. 2. It consists of an ejector assembly; exten
ipeline contactor, a gas–liquid separator and other a
ories as mentioned in the legend. For visual observ
f the flow and mixing patterns, the ejector assembly
xtended contactors were made of perspex having 0.0
.06 m internal diameter and 1.45 m length. The major dim
ions of the apparatus are given inTable 1.

In the present set-up, the optimum dimensions of the
or reported by Ref.[20] were used. The forcing nozzle
f the straight hole-type and is precision bored to obta
mooth passage and to avoid any undue shock and l
he dimensions of the nozzles used are given inTable 1.

An extended pipeline contactor was provided below
jector assembly as shown inFig. 2for gas–liquid two-phas

able 1
imensions of the ejector-contactor assembly

escription Dimension (mm

eight of the suction chamber,hs 50.0
iameter of suction chamber,ds 60.0
iameter of throat,dt 19.0
ength of the throat,Lt 183.0
ength of the diffuser,Ld 254.0
iameter of the contactor,Dc 60.0
iameter of gas inlet,di 10.0
ength of the contactor,Lc 1450.0
iameter of the nozzle used,Dn 4–7
.

1.0%) in relation to the total volume of the column[16,23].
he injection was carried out as quickly (0.5 s) and smoo
s possible by a high-pressure spring-loaded syringe. L
hase was sampled at every 3 s interval at the co
xit by means of tubes. Variation of tracer concentra
ith time was measured by digital electrical conducti
eter [Model 601E, M.S. Electronic India Limited]. T

xperiments were conducted at liquid flowrates, 1.39× 10−4

o 2.78× 10−4 m3/s and gas flowrates, 3.30× 10−6 to
6.7× 10−6 m3/s. At constant liquid flowrate (QL), gas
ntrainment rates (QG) were varied by the control valv
6 and maintaining constant liquid level by valves V5 and
7. At steady-flow of gas and liquid pressure read
ere noted from the manometers connected to the col
verall, gas hold-up for the present system was measur
hase-isolating method and from pressure drop. Acco

o phase-isolating method, when a steady-state cond
f the system was attained, the total height of gas–li
ixture in the column was noted. Then, the three sole

alves, SV1–SV3 (Fig. 2) were switched off simultaneous
his caused an immediate termination of flow of both
uids. When the liquid–gas mixture inside the column
rrested the mixture was allowed to settle for some t
hereby all the gases got separated. The clear liquid h

nside the column was then noted. The difference betw
he gas–liquid mixing height (H0) and the correspondin
lear liquid height (H) gave the overall gas hold-up in t
olumn and calculated asεG = (H0 − H)/H0. The overal
as hold-up was calculated from the pressure differen
G = 1 − �P/ρLg�z.
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6. Results and discussion

The experimental results obtained show that the longitu-
dinal dispersion coefficient is affected by the independent
variables, such as nozzle diameter, superficial liquid velocity
and superficial gas velocity is presented as follows.

6.1. Effect of nozzle diameter on longitudinal dispersion
coefficient

As shown inFig. 3, the longitudinal dispersion coefficient
increases with decreasing nozzle diameter at constant super-
ficial liquid velocity and constant superficial gas velocity. As
the nozzle diameter decreases, jet velocity increases which
enhances the turbulence of the phases in the column indi-
cating that flow gets more agitated. The entrainment depth
of the liquid jet increases as the nozzle diameter decreases
which causes the increase of the size of the liquid circulation
cells around the liquid jet in the column. This may also cause
the increase of the dispersion coefficient as nozzle diameter
decreases.

6.2. Effect of superficial liquid velocity on longitudinal
dispersion coefficient
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Fig. 4. Variation of longitudinal dispersion coefficient with superficial liquid
velocity.

The greater extent of mixing at the higher superficial liquid
velocity is probably because of more turbulence of liquid
flow. Gas hold-up increases with increase in superficial liquid
velocity. The intimate contact between the phases increases
as gas hold-up increases which creates more turbulence in the
column. This may result in increase of longitudinal dispersion
coefficient with increase in superficial liquid velocity.

6.3. Effect of superficial gas velocity on longitudinal
dispersion coefficient

The liquid-phase longitudinal dispersion is mainly
because of the gas hold-up profile, which sets up along the
column due to the tendency of gas bubbles to move down
through the column[14,15]. At higher superficial liquid
velocity, gas hold-up increases due to higher entrainment
of the gas. As a result, the circulation and interaction of the
gas and liquid phases increase inside the column and the
flow gets more agitated. This enhances the overall mixing
in the column.Fig. 5shows that at constant nozzle diameter
(0.007 m), the longitudinal dispersion coefficient increases
with superficial gas velocity exceptVSL = 4.91× 10−2 m/s.At
low superficial liquid velocity, the momentum transfer of
the liquid jet is low for which the entrainment depth of
the liquid jet is reduced and the hence fluid turbulence

F gas
v

Increasing the convection transport, as characterize
he liquid superficial velocityVSL, will increase the inten
ity of dispersion, as characterized by longitudinal disper
oefficient. Joshi and Sharma[12] reported that the liquid
hase longitudinal dispersion in upward bubble colum

ndependent of the superficial liquid velocity. However, t
xplained that in all the studies, the order of magnitude o
enerated liquid circulation velocity is much higher than
uperficial liquid velocity (at least by a factor of 10) res
ng in weak dependence of the superficial liquid velocity
eclet number as well as longitudinal dispersion coeffic
ut in the case of ejector-induced downflow bubble colu

eactor, there is a significant influence of interstitial liq
elocity on the liquid dispersion. In this case, the longitud
ispersion coefficient increases with increasing super

iquid velocity at column diameter 0.06 m as shown inFig. 4.

ig. 3. Variation of longitudinal dispersion coefficient with nozzle diam

ig. 5. Variation of longitudinal dispersion coefficient with superficial
elocity.
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inside the column decreases. This results the dispersion
coefficient,Ez is nearly constant at low superficial liquid
velocity.

7. Estimation of parameters,Db and k

In order to calculate the dispersion coefficient by Eq.
(11), the value ofDb, the coefficientk and the intersti-
tial liquid velocity VL must be known. The interstitial liq-
uid and gas velocity was calculated asVL =VSL/(1− εG)
andVG =VSG/εG, respectively. The interstitial liquid velocity
(VL) in the column depends on fractional gas hold-up (εG),
which contributes to the order ofk andDb (Eq. (11)). In the
ejector-induced downflow bubble column, it is observed that
εG is a function ofVG,Vj ,Dn,Dc andH0. Therefore, a corre-
lation has been developed to obtain interstitial liquid velocity,
VL with the independent variables,VG,Vj ,Dn,Dc andH0 as:

VL = 27.6V 0.041
G V 1.278

j D2.498
n D−1.767

c H0.626
0 (12)

where the ranges variables are 7.68× 10−2 <VL < 27.67×
10−2 m/s, 2.30× 10−3 <VG < 22.39× 10−3 m/s; 3.61 <
Vj < 17.68 m/s. From the experimental data, it may be con-
cluded that the form of interstitial liquid velocity distribution
i titial
g quid
m ion
c
a es of
i
a

f .
I er-
s

rsti-
t itial
g as
V ay

Fig. 7. Distribution of interstitial liquid velocity with nozzle diameter.

Fig. 8. Variation of fractional gas hold-up with nozzle diameter.

results in decrease of interstitial liquid velocity with increase
of interstitial gas velocity.

This may cause the approximately parabolic nature of
interstitial liquid velocity with interstitial gas velocity.Fig. 7
shows that as the nozzle diameter increases the interstitial liq-
uid velocity decreases. This is due to decrease of gas hold-up
with increase in nozzle diameter. The variation of overall gas
hold-up with nozzle diameter for different superficial liquid
velocity is shown inFig. 8.

Fig. 9summarizes the comparison of overall gas hold-up
calculated by isolated and pressure difference method. The

F velocity (VL) with that calculated from Eq.(12). (b) Distribution of interstitial liquid
v

s approximately parabolic and it depends on inters
as velocity, column diameter, nozzle diameter gas–li
ixing height and the liquid jet velocity. The correlat

oefficient and overall standard error of Eq.(12) calculated
nd found to be 0.996 and 0.013. The calculated valu

nterstitial liquid velocity (VL) from Eq. (12) are plotted
gainst the experimental values and are shown inFig. 6(a).

The distribution ofVL is represented inFig. 6(b) as a
unction ofVG at DC = 0.05 and 0.06 m andDn = 0.005 m
nterstitial liquid velocity is plotted as the function of int
titial gas velocity.

It is seen from the experimental data that the inte
ial liquid velocity decreases with the increase of interst
as velocity. Since interstitial gas velocity is calculated
G =VSG/εG which in overall effect of gas hold-up m

ig. 6. (a) Comparison of the experimental values of interstitial liquid
elocity with the interstitial gas velocity.
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Fig. 9. Parity of fractional gas hold-up calculated by isolated and pressure
difference methods.

standard deviation of the gas hold-up measured by these two
methods is 0.113.

Now substitutingVL from Eq.(12)into Eq.(11), one gets:

Ez = V 0.082
G V 2.556

j D4.996
n D−1.534

c H1.252
0

3.28× 10−4kDb
+ Db (13)

which can be written as:

Ez = X

kDb
+ Db (14)

where

X = V 0.082
G V 2.556

j D4.996
n D−1.534

c H1.252
0

3.28× 10−4 (15)

According to Ohki and Inoue (1969), for co-current upward
bubble column the form of equation is as follows:

Ez = 576D2
cV

1.2
G

kDb
+ Db (16)

7.1. Comparison with experimental data

The validity of the velocity distribution model is exam-
ined by the comparison between the dispersion coefficients
calculated by Eq.(13)and the experimental data. For the cal-
c cide
t ted
f
t into
E
o
V
s tu-
d the
v e
e rsion
c

Fig. 10. Variation of longitudinal dispersion coefficient of liquid withX.

Fig. 11. Comparison of predicted longitudinal dispersion coefficient with
experimental values varying superficial liquid velocity.

VSG= 1.18× 10−3 m/s and within the range of superficial
liquid velocity, VSL = 4.91× 10−2 to 9.82× 10−2 m/s and
Dc = 0.06 m. It can be seen that the model can accurately
predict the liquid longitudinal dispersion coefficient in the
present bubble column experiments. By fitting Eq.(14)with
experimental data for other different conditions,kandDb can
be calculated. The results are summarized inTables 2 and 3.
Ohki and Inoue (1969) found thatDb, the second term of
Eq.(16) is very small and can be neglected in comparison to
the first term. In the present system, it was also found that
the values ofDb are very small compared to the values of
first term of Eq.(13). Table 2shows the calculated values of

Fig. 12. Comparison of predicted longitudinal dispersion coefficient with
e

ulation of dispersion coefficient, it is necessary to de
he accurate values ofk andDb. These values are calcula
rom the slopes and intercepts of Eq.(14) by substituting
he values measured at different experimental conditions
q.(14). Longitudinal dispersion coefficientEz as a function
f X for different nozzle diameter atVSG= 1.18× 10−3 m/s,
SL = 4.91× 10−2 to 9.82× 10−2 m/s andDc = 0.06 m is
hown in Fig. 10. Therefore, predicted values of longi
inal dispersion coefficient can be obtained by putting
alues ofk and Db in Eq. (14). The parity plots for th
xperimental dispersion coefficient and predicted dispe
oefficient using Eq.(14) are shown inFigs. 11 and 12at
 xperimental values.
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Table 2
Variation of dispersion coefficient of bubble motion (Db) and velocity profile
coefficient (k) with diameter of nozzle (Dn)

Dn (m) VSG× 10−3 (m/s) Db × 103 (m2/s) k (s/m3)

0.004 1.18 1.60 8.97
0.005 1.18 2.60 7.21
0.006 1.18 3.90 6.05
0.007 1.18 5.10 5.76

Table 3
Variation of dispersion coefficient of bubble motion (Db) and velocity profile
coefficient (k) with superficial gas velocity (VSG)

Dn (m) VSG× 10−3 (m/s) Db × 103 (m2/s) k (s/m3)

0.007 1.18 5.10 5.76
0.007 2.36 3.20 7.21
0.007 4.71 2.30 8.58
0.007 7.07 1.50 11.50
0.007 9.43 1.20 12.82

dispersion coefficients of bubble motion (Db) and velocity
profile coefficient (k) calculated from experimental data at
different nozzle diameters at constantVSG= 1.18× 103 m/s
andVSL = 4.91× 10−2 to 9.82× 10−2 m/s.

The distribution is parabolic,k is equal to 768[2] for
upflow bubble column. In the present system, the values of
k are much less than 768. It may be due to complex velocity
distribution in downflow bubble column. Since the velocity
distribution in the present downflow system is quite differ-
ent than the upflow system, the mixing characteristics in the
present system is quite different. In this present system, the
turbulence of the fluid inside the column is much significant
due to higher momentum transfer of the plunging liquid jet
and higher gas hold-up. This may cause the greater effect
of Dc andVG on dispersion coefficient. The interstitial liq-
uid velocity inside the column is a function of gas hold-up.

As the fractional gas hold-up increases, the interstitial liquid
velocity increases because the liquid hold-up decreases and
hence causes the variation ofDb andkwith nozzle diameter
and superficial gas velocity. The coefficient of velocity profile
decreases with increase in nozzle diameter at constant super-
ficial gas velocity. This characterizes the different velocity
profile for different nozzle diameters, which is accountable
for variation of longitudinal dispersion coefficient.Table 3
shows the calculated value of dispersion coefficient of bubble
motion,Db and velocity profile coefficient,kcalculated from
experimental data at different superficial gas velocities with
constant nozzle diameter within the same range of superficial
liquid velocity.

It is seen that with increase in gas velocity,Db decreases
and k increases. The interstitial liquid velocity inside the
column is a function of gas hold-up. As the fractional gas
hold-up increases the interstitial liquid velocity inside the
column increases because of decreasing flow area. This may
results the variation ofDb andk with nozzle diameter and
superficial gas velocity. From the experimental results, it is
seen that the values ofDb andk vary with nozzle diameter,
column diameter and the gas flowrates at the given range
of operation limit of liquid flowrates [VSL = 4.91× 10−2 to
9.82× 10−2 m/s]. Since there is no model or data available
in literature forDb andk, correlations have been developed
with the above variables by dimensional analysis to obtain
t

D

s

a

k

s

Table 4
Comparison for axial dispersion coefficient in different bubble columns with t

Types of bubble column with distributor Systems; measuring
method; tracer used

Equ
for d

UF, perforated plates Air–water; pulse; dye Ez =
UF, perforated plates Air–water; pulse (mixing

time)
Ez =

U Ez =

U Ez =
5.04

U Ez =
B Ez =

U Ez =
E Ez =

V0.08
G

rk
F, nozzle, glass sintered porous plate Air–water; aqueous
solution of Na2SO3,
NaCl; pulse; dye

F, liquid jet ejector Air–water; pulse; NaCl

F, sintered polyethylene porous plate Air–water; LDA

atch mode with no inflow or outflow of
liquid, sintered bronze plate

Air–water; pulse, NaCl

F, nozzle-perforated plate Air–water; pulse; KMnO4

jector-induced downflow bubble column Air–water; pulse; KCl
he values ofDb andk as follows:

b = 0.389D1.68
R Re−0.49

G ; R2 = 0.931,

tandard error : 0.129 (17)

nd

= 0.784D−0.68
R Re0.23

G ; R2 = 0.942,

tandard error : 0.126 (18)

he present work (Ez calculated based on the ranges of present work)

ations for axial dispersion coefficient
ifferent types of bubble column

Ez × 104 (m2/s) Authors

1.23D1.5
C V 0.5

SG 6.21–17.6 [27]
(0.065+ 0.3V 0.77

SG )D1.25
C µ−0.12

L 46.6–51.2 [11]

0.68D1.4
C V 0.3

SG 17.5–32.7 [7]

× 10−2
(

DN
DT

)0.9
V 0.32

SG

(
V2

LT
gDT

)−0.23
5.40–8.21 [21]

VSLDC 29.5–82.1 [9]

0.0651(gDC)1/2
(

VSG
gυl

)1/8
DC 56.09–72.72 [13]

0.014V 0.45
SG exp(−48.85VSL) 0.087–3.10 [1]

X
kDb

+ Db; X =
2V2.556

j
D4.996

n D−1.534
c H1.252

0

3.28×10−4

66.80–636.20 Present wo
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The above correlations have been made with the present
experimental data, whereDR =Dn/Dc, ReG =DcρGVSG/µG
within the ranges of 0.08≤DR ≤ 0.116 and 5.30≤ReG
≤ 35.38.

8. Comparison for longitudinal liquid dispersion
coefficient in different co-current bubble column
reactors with the present work

Numerous empirical correlations for longitudinal liquid
dispersion coefficient have been published on bubble column.
However, most of the empirical correlations are available on
longitudinal liquid dispersion coefficient only for upflow bub-
ble column with different types of distributor. A comparison
between the present experimental results of the longitudinal
liquid dispersion in ejector-induced downflow bubble column
and a number of empirical correlations from the literature
is shown inTable 4. The calculation for the longitudinal
dispersion coefficients from different correlations has been
done based on the ranges of superficial liquid velocity and
superficial gas velocity of the present work. From this com-
parison, it can be seen that for the same ranges of the operating
parameters, the liquid longitudinal dispersion coefficient of
the present study is higher than the other mentioned stud-
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